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Abstract: Understanding the phase behaviour of (CO2 + water + permanent gas) systems is critical
for implementing carbon capture and storage (CCS) processes, a key technology in reducing CO2

emissions. In this paper, phase behaviour data for (H2O + N2) and (CO2 + H2O + N2) systems are
reported at temperatures from 323 to 473 K and pressures up to 20 MPa. In the ternary system,
the mole ratio between CO2 and N2 was 1. Experiments were conducted in a newly designed
analytical apparatus that includes two syringe pumps for fluid injection, a high-pressure equilibrium
vessel, heater aluminium jacket, Rolsi sampling valves and an online gas chromatograph (GC) for
composition determination. A high-sensitivity pulsed discharge detector installed in the GC was
used to measure the low levels of dissolved nitrogen in the aqueous phase and low water levels in
the vapour phase. The experimental data were compared with the calculation based on the γ-ϕ and
SAFT-γMie approaches. In the SAFT-γMie model, the like parameters for N2 had to be determined.
We also obtained the unlike dispersion energy for the (H2O + N2) system and the unlike repulsive
exponent and dispersion energy for the (CO2 + N2) system. This was done to improve the prediction
of SAFT-γ Mie model. For the (H2O + N2) binary system, the results show that the solubility of
nitrogen in the aqueous phase was calculated better by the γ-ϕ approach rather than the SAFT-γ
Mie model, whereas SAFT-γMie performed better for the prediction of the vapour phase. For the
(CO2 + H2O + N2) ternary systems, both models predicted the experimental data for each phase with
good agreement.

Keywords: carbon dioxide; water; nitrogen; carbon capture and storage; vapour–liquid equilibrium;
high pressure; high temperature; SAFT-γMie; NRTL model

1. Introduction

The IPCC Special Report on “Global Warming of 1.5 ◦C” stressed the urgency of
achieving net-zero emissions by mid-century to mitigate the worst predicted climate
change consequences [1]. At COP26 in Glasgow, commitments to net-zero emissions
were made, covering 90% of global GDP and around 90% of global emissions. This goal
can probably only be achieved by implementing carbon capture and storage (CCS) in
particular sectors, such as power and industry, as a part of the overall decarbonisation
strategy. Investing in CCS can also benefit low-carbon hydrogen production from natural
gas [2]. Furthermore, CCS provides a framework for reducing carbon dioxide levels in the
atmosphere in combination with bioenergy and/or direct air capture [3].

CCS is usually described as a chain of three processes. In the first step, CO2 emissions
from large-scale industrial or power-production processes are captured or avoided by vari-
ous techniques, including post-combustion scrubbing, pre-combustion reforming, chemical
looping and oxyfuel combustion. Next, the CO2 stream is compressed and transported by
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means of pipeline or ship and, in the final step, injected into a geological storage reservoir.
Potential sinks for CO2 include active and depleted hydrocarbon reservoirs, unminable
coal seams and deep saline aquifers. The CO2 stream exported from the capture plant may
contain many impurities, including N2, H2, O2, Ar, H2S, SO2, NOx, CO, CH4 and H2O [4].
The type and quantity of the impurity in the CO2 stream would be controlled by the purity
levels agreed to and managed by the transport and storage operators [5].

The thermophysical properties of CO2 and its mixtures with impurities and reservoir
fluids (brines and hydrocarbons) considerably impact the design and operation of the
transportation process and the storage processes. For instance, knowledge of the phase be-
haviour of impure CO2 is essential to prevent phase separation in the pipeline [6,7]. Another
example is that the CO2 storage capacity of a saline aquifer depends on the phase behaviour,
saturated phase densities and interfacial properties of the (CO2 + impurities + brine) sys-
tem under reservoir conditions [8,9]. Furthermore, thermophysical data for CO2-rich
mixtures, including phase equilibrium data, are needed to develop thermodynamic models,
such as equations of state required for the process design and simulation [10].

Both carbon storage in saline aquifers and CO2 transportation processes require knowl-
edge of the vapour–liquid equilibrium of (CO2 + H2O + N2) mixtures. The phase behaviour
of (H2O + N2) binary systems have been reported extensively in the literature. Table 1
lists the published data, including the phases analysed and the pressure and temperature
ranges. According to the IUPAC assessment of solubility data for nitrogen in water [11],
the data of Smith and colleagues [12,13] and Wiebe et al. [14,15] are recommended for the
temperature range of 298.15 K to 398.15 K. For water solubility in nitrogen, close agreement
exists between the data of Folas et al. [16], Mohammadi et al. [17], Rigby and Prausnitz [18]
and Maslennikova et al. [19]. Thus, these can be considered reliable data sources. The much
more extensive vapour–liquid equilibrium data available for (CO2 + H2O) binary systems
were reviewed by Spycher et al. [20,21], Diamond and Akinfiev [22] and Chapoy et al. [23].
On the other hand, experimental data for the (CO2 + H2O + N2) ternary system are scarce
in the literature, and the few available sources are detailed Table 2. These cover a narrow
temperature range from 273 K to 318 K. Therefore, more ternary data are required to test
the predictive capability of the thermodynamic models.

Table 1. Literature data of the (H2O + N2) binary system.

Reference Year Type Tmin/K Tmax/K pmin/MPa pmax/MPa

Goodman and Krase [24] 1931 Tpx 273 442 10.1 30.4
Wiebe et al. [14] 1932 Tpx 298 298 2.5 101.3
Wiebe et al. [15] 1933 Tpx 298 373 2.5 101.3

Saddington and Krase [25] 1934 Tpxy 323 513 10.1 30.4
Sidorov et al. [26] 1953 Tpy 373 373 5.1 40.5

Bukacek [27] 1955 Tpy 378 378 7.0 68.3
Smith et al. [12] 1962 Tpx 303 303 1.1 5.9

O’Sullivan et al. [13] 1966 Tpx 325 325 10.1 60.8
Rigby and Prausnitz [18] 1968 Tpy 298 373 2.1 10.2

Maslennikova [28] 1971 Tpy 473 613 10.5 46.1
Maslennikova et al. [19] 1971 Tpy 298 623 5.1 50.7

Kosyakov et al. [29] 1977 Tpy 233 273 1.0 10.1
Brunner [30] 1978 Tpy 513 513 10.1 20.2

Gillespie and Wilson [31] 1980 Tpxy 311 478 0.3 13.8
Japas and Franck [32] 1985 Tpxy 580 638 21.0 270.5
Li and Nghiem [33] 1986 Tpx 324 398 10.4 10.4

Alvarez and
Fernandez-Prini [34] 1991 Tpx 583 613 17.2 54.4

Fenghour et al. [35] 1993 Tpx 410 595 7.8 23.5
Ugrozov [36] 1996 Tpy 311 366 0.3 13.8

Blanco et al. [37] 1999 Tpy 253 283 0.4 9.9
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Table 1. Cont.

Reference Year Type Tmin/K Tmax/K pmin/MPa pmax/MPa

Blanco et al. [38] 2002 Tpy 263 283 0.5 10.0
Chapoy et al. [39] 2004 Tpx 274 363 1.0 7.0

Mohammadi et al. [17] 2005 Tpy 283 363 0.4 5.0
Folas et al. [16] 2007 Tpy 258 293 0.5 20.0

Tabasinejad et al. [40] 2011 Tpy 422 483 3.8 133.7
Liu et al. [41] 2012 Tpx 308 318 8.0 16.0

Muromachi et al. [42] 2017 Tpx 292 307 3.0 7.0

Table 2. Literature phase behaviour data of (CO2 + H2O + N2) ternary system.

Reference Year Type Tmin/K Tmax/K Pmin/MPa Pmax/MPa

Zelvenskii [43] 1939 Tpx 298 298 2.5 29.4
Liu et al. [41] 2012 Tpxy 308 318 8.0 16.0

Foltran et al. [44] 2015 Tpy 313 313 8.9 17.2
Hassanpouryouzband et al. [45] 2019 Tpxy 273 303 1.5 20.8

Various models have been proposed to describe the phase behaviour of mixtures such
as (CO2 + H2O) or (H2O + N2) [10,23]. One of the most popular is the γ-ϕ approach, in
which an activity coefficient model coupled with Henry’s law describes the liquid phase,
and an equation of state, such as the Peng–Robinson equation (PR-EOS), describes the
vapour phase [6]. Using this approach, several researchers were able to accurately describe
vapour–liquid equilibria for (CO2 + H2O) and (H2O + N2) [17,18,46,47]. In certain cases,
the vapour–liquid equilibria of these mixtures have been correlated by the ϕ-ϕ approach,
in which an equation of state is used for both phases. Chapoy et al. used the ϕ-ϕ approach,
adjusting the binary interaction parameter to fit the solubility of N2 in water, and they
found that the predictions were reasonably accurate [39].

Cubic equations of state (cEoS) are built on the assumption that the molecules are rigid
spheres that interact by van der Waals forces. However, because water and carbon dioxide
deviate considerably from these concepts, it is expected that cEoS are not very good at pre-
dicting their phase behaviour. As a result, more sophisticated state equations that account
for a broader range of interactions have been applied to this type of system. The cubic-plus-
association equation state (CPA EoS), which incorporates an association term, has been
applied successfully to (H2O + N2) and (H2O + CO2) systems [16,40,42,48]. Furthermore,
molecular-based models, such as the statistical associating fluid theory (SAFT), that can
account for van der Waals, polar and hydrogen-bonding interactions have been successfully
applied recently in the description of (CO2 + H2O) systems [49,50]. Another model used to
describe binary and multi-component mixtures specific to CCS processes is the GERG-2008
EoS, a well-known empirical multi-fluid Helmholtz energy model. However, the original
version of this model presents certain limitations for CCS processes because it was created
to determine the thermodynamic properties of natural gas and similar mixtures of as many
as 21 components [51]. To address these limitations for the CO2-rich mixtures commonly
used in CCS processes, Gernert and Span [52] developed the EOS-CG mixture model.
EOS-CG has been shown to accurately describe the phase behaviour of (CO2 + H2O) and
(N2 + H2O) systems [53].

In this paper, we report new phase behaviour data of (H2O + N2) and (CO2 + H2O + N2)
systems at temperatures ranging from 323 K to 473 K and at pressures up to 20 MPa. These
data are needed for both CO2 transportation and carbon storage processes. In the literature,
high-pressure phase equilibria for binary system have been reported. However, data for the
ternary mixture have never been published at temperatures above 318 K. Experiments were
conducted in a bespoke analytical apparatus. The experimental results were compared to
the calculations based on the γ-ϕ and SAFT-γMie approaches. These models are widely
used to model the phase behaviour of H2O + gas systems.
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2. Materials and Methods
2.1. Materials

Pure deionised water with an electrical resistivity > 18 MΩ·cm at T = 298 K was used
(produced by a Millipore water purification unit). Prior to the experiments, the water was
degassed under vacuum with stirring. Table 3 presents details of the gases used in this
work; each was used as received.

Table 3. Description of chemicals, where x denotes mole fraction, and ρelec denotes electrical resistivity
at T = 298 K.

Chemical Name CAS Number Source Purity as Supplied Additional Purification

H2O 7732-18-5 Millipore Direct Q UV3 ρelec >18 MΩ·cm degassed under vacuum
CO2 124-38-9 BOC x ≥ 0.99995 none
N2 108-87-2 BOC x ≥ 0.99998 none

0.5 CO2 + 0.5 N2 BOC x ≥ 0.99995 none

2.2. Apparatus

An analytical apparatus developed in our laboratory and described previously [46]
was modified for this project. The modified analytical apparatus includes three syringe
pumps for fluid injection, a high-pressure equilibrium cell, an aluminium heater jacket and
sampling valves coupled to an online gas chromatograph (GC) for composition measure-
ments. The GC was fitted with a pulse discharge helium ionisation detector (PDHID) and a
thermal conductivity detector (TCD). Figure 1 shows the key components of the apparatus.
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Figure 1. Schematic of the analytic-phase equilibrium apparatus: SPA, SPB and SPC syringe
pumps. V1, a pneumatically operated valve; V2, needle valve; V3 and V4, Rolsi sampling valves;
SV, rupture-disc pressure relief; CE, equilibrium cell; H, aluminium heat jacket; T1, temperature sen-
sor; P1 pressure transducer; GC, gas chromatograph; V5, Deans Switching valve; thermal conductivity
detector (TCD) and pulse-discharge helium ionization detector (PDHID).

The equilibrium vessel was based on the design previously described by Fandiño et al. [54].
The vessel, made from stainless steel A-286 (EN 1.4980), consisted of a blind cylinder with
an internal volume of 77 cm3, a seal-retaining ring and a flat-plate closure retained by
six bolts. The vessel was sealed by a silver-plated hollow stainless-steel O ring internally
pressurised with nitrogen (Wills Ring, type MOT, Trelleborg, Gloucestershire, UK). Two
fluid ports were bored though the side of the main body and used for the fluid outlet and
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liquid sampling. Two further fluid ports were bored though the lid and used for fluid
inlet and vapour sampling. The new cell was designed for temperatures up to 473 K and
pressures up to 40 MPa. A rupture-disk safety device was installed in the fluid outlet line
to protect against unintended over pressurisation. To control the temperature, the cell
was enclosed in an aluminium thermostatic jacket equipped with four electric cartridge
heaters (Firerod, Watlow Co., UK), a platinum resistance thermometer (514-183, TC Ltd.,
UK) and a PID controller (Eurotherm 2216e, Schneider Electric SE, UK). A silicone–rubber
sponge sheet was wrapped around the thermostatic jacket to insulate the cell. The cell
temperature was measured by a platinum resistance thermometer (PT100, Sensing Devices
Ltd., Southport, UK) inserted into a blind axial hole drilled into the wall of the pressure
vessel. The pressure was measured by a pressure transducer (Honeywell, Super TJE model,
UK) located in the outlet tube from the cell. The thermometer and the pressure transducer
were connected to a data acquisition/switch unit (Agilent Technologies, model 34970A,
UK) that measured the resistance of the former and the voltage generated by the latter and
communicated the data to a control computer.

To mix the fluids, the vessel contained a PTFE-coated magnetic stirrer bar, and the
apparatus was placed on top of a magnetic stirrer plate (UC151, Stuart Equipment, Fisher
Scientific, UK). A pneumatically operated valve (model CV-420, Vindum Engineering,
Sandpoint, USA) was mounted in the inlet line and used to isolate the vessel from the
pumps during equilibration. Injection of the fluids was accomplished by three syringe
pumps (Quizix pump, Q5310-HC-A-GH-S model, Vindum Engineering, Sandpoint, United
States) attached to the inlet port of the cell in parallel.

Two electromagnetic sampling valves (ROLSI Evolution IV,), each connected to the cell
via a capillary tube (0.13 mm ID × 1.6 mm OD × 80 mm length), were used to withdraw
small samples of the liquid and vapour phases without disrupting the equilibrium. A
heated transfer line with helium flow connected the two ROLSI valves in series with the
GC. The ROLSI valves and the transfer line were maintained at T = 473 K, assuring fast
vaporisation of the sample. The GC (Agilent 7890A, UK) was provided with a split/spitless
injector, HP-PLOT-Q capillary column (0.32 mm OD × 30 m length, film thickness 20 µm)
and two detectors: a pulse-discharge helium ionisation detector (PDHID) and a thermal
conductivity detector (TCD). The PDHID detector (D-3-I-HP, Vici) was selected because of
its high sensitivity, commonly used at the ppm and ppb levels [55]. This detector permitted
us to quantify low levels of gas dissolved in the aqueous phase and low levels of water
vapour in the gas phase. A Deans switching system (DSS, Agilent, UK) was installed to
select the detector to be used. In this way, the detector could be selected according to the
concentration level of the compound in the sample. A program written in Keysight VEE
was developed to control the operation of the sampling valves, activate the GC and log
the temperature and pressure, thereby permitting complete automation of data collection.
Standard uncertainties of pressure and temperature were 0.01 MPa and 0.02 K, respectively.

Although the maximum working pressure for the cell was 40 MPa, the current mea-
surements were restricted to pressures below 20 MPa. This was due to the polyphenylene
sulphide seals with low water absorption used in the ROLSI samplers, which provided
leak-free sealing only up to that pressure.

2.3. Experimental Procedure

The static-analytical approach was used to determine the composition of the vapour
and liquid phases coexisting in equilibrium. First, the apparatus was held under vacuum
using a two-stage diaphragm pump until the pressure was below 1 kPa. Afterwards, the
system was flushed with either N2 or the (CO2 + N2) mixture. This procedure was repeated
several times to remove impurities. The temperature controller was then adjusted to the
desired value. As the temperature of the equilibrium cell reached the target value, a certain
volume of water was pumped into the cell, and then N2 or the (CO2 + N2) mixture was
injected into the cell until a pressure of about 1 MPa was reached. The volume of water
injected was chosen to ensure that the liquid sampling capillary was sufficiently immersed,
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leaving space for the vapour phase. Then, the cell was isolated from the pump by closing
the pneumatic valve, and the magnetic stirrer was switched on. The system was left to
reach an equilibrium state, which was judged to have been attained when the pressure
stabilised and reproducible sample compositions were obtained. At that point, the stirrer
was stopped, the phases were sampled, starting with the aqueous phase and progressing to
the gas phase. Tiny quantities of either the liquid or the vapour phase were sent from the
pressurised cell to the online GC for analysis by opening the ROLSI samplers for a specific
time, usually between 0.05 s and 2 s, depending on the phase and the system pressure.
Around ten samples of each phase were taken for analysis. In the first five samples, the
period between sample collection was less than 10 s in order to flush the capillary from
any stagnant fluid. The analyses of these samples were discarded. For the following five
samples, the period between sample collection was three minutes. The gas chromatographs
were recorded over 30 min, which was the time necessary for the five samples to elute.
The peak areas were tested for repeatability. In general, the standard relative deviations of
successive peak area responses for water were below 5%. The pressure and temperature
were recorded during the sampling time, and their mean and standard deviation were
estimated. It was observed that the samples removed from the cell had an insignificant
effect on the pressure during the analysis of a single equilibrium state.

The components of the sample were separated on an HP-Plot-Q column. The temper-
ature of the column oven and detectors and the split-ratio and Deans-switch times were
optimised to achieve fast analysis with satisfactory separation between eluates. The first
eluate was nitrogen, followed by carbon dioxide and, finally, water. The major components
of the sample were transferred to the TCD, and the minor components were passed to the
PDHID by switching the DSS. The TCD signal had less than 0.5% noise, and the PDHID
signal had less than 2% noise. A chromatogram for the (H2O + N2) binary system is shown
in Figure 2. Table 4 details the detector used for each component in each phase for both
the binary and ternary systems studied here. After determining the composition of two
phases, additional gas was injected to increase the pressure for the next state point, up
to a maximum of about 20 MPa. The vapour–liquid equilibria for the (H2O + N2) and
(CO2 + H2O + N2) systems were measured at temperatures between 323 and 473 K and at
pressures up to 20.0 MPa.
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Table 4. For binary and ternary systems, the component that passed through the detector: thermal
conductivity detector (TCD) or pulse-discharge helium ionisation detector (PDHID) (D-3-I-HP, Vici)
in an Agilent 7890A GC with an HP-PLOT-Q capillary column.

System Phase TCD PDHID

H2O + N2
Liquid phase H2O N2
Vapour phase N2 H2O

CO2 + H2O Liquid phase H2O, CO2
Vapour phase CO2 H2O

CO2 + H2O + N2
Liquid phase CO2, H2O N2
Vapour phase CO2, N2 H2O

2.4. GC Calibration

A modified peak–area ratio method was used to convert chromatographic peak areas
into mole fractions. This method assumes that the amount, ni, of substance i in the mixture
is proportional to the corresponding chromatographic peak area, Awi, measured on detector
w, as follows:

ni = kwi Awi (1)

where kwi is the response factors for component i on detector w. The mole fraction, xi, of
component i is determined as follows:

xi = ni

[
Nc

∑
j=1

nk

]−1

= kwi Awi

[
Nc

∑
j=1

kwj Awj

]−1

(2)

Thus, dividing both the numerator and the denominator by kwi,

xi =
Awi

Nc
∑

j=1
rwj Awj

(3)

where rwj = kwj/kwi is the relative response factor. Knowing the composition of a sin-
gle calibration mixture, a series of relative response factors can be calculated by solving
Equation (3) for each mixture component.

TCD and PDHID detectors are considered universal, non-destructive, concentration-
sensitive detectors, and their responses are linear relative to the concentration [55,56]. In
addition, vapour–liquid equilibrium data for the (CO2 + H2O) and (H2O + N2) binary sys-
tems have been extensively measured in the literature, and the results are quite consistent.
Therefore, considering the detector linearity and the availability of accurate experimental
data, the modified peak–area ratio method was employed with these mixtures as calibration
systems.

As an illustration, for the case of the (H2O + N2) mixture, the mole fraction of nitrogen
in the liquid phase, xN2 , can be written as follows:

xN2 =
APN2

rTPN2 ATH2O + APN2

(4)

Hence:

rTPN2 =
APN2 xH2O

ATH2OxN2

(5)

where rTPN2 = kTH2O/kPN2 is the relative response factor; kTH2O is the response factor of
the TCD to water, the major component in the mixture; and kPN2 is the response factor of the
PDHID to nitrogen, the minor component in the mixture. Additionally, ATH2O and APN2

are the chromatographic peak areas for water and nitrogen measured on the TCD and the
PDHID, respectively. Table 5 details the obtained calibration data. The phase equilibrium
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data published by Wiebe et al. [15] were selected to obtain the relative response factors
because the reported data were judged to be accurate and were corroborated by multiple
authors. The selected data point was 373.15 K, 10.0 MPa, at which xN2 = 0.00082. The peak
areas were obtained by sending ten consecutive samples from the equilibrium liquid phase
of the (H2O +N2) system in the vessel at 10.0 MPa and 373.15 K to the GC. The uncertainties
in the peak area were obtained in terms of response peak area reproducibility and are also
shown in Table 4. A similar procedure was carried out to obtain relative response factors
for the vapour phase of the (H2O + N2) system and for both phases of the (CO2 + H2O)
system. The phase compositions for the (CO2 + H2O) system were obtained from the model
developed by Spycher et al. [20].

In the (CO2 + H2O + N2) system, the mole fractions can be obtained from Equation (3)
using the relative response factors for the binary systems from Table 5. For example, the
mole fraction of CO2 in the liquid phase is given by:

xCO2 =

(
1/rTTCO2

)
ATCO2(

1/rTTCO2

)
ATCO2 + ATH2O +

(
1/rTPN2

)
APN2

(6)

2.5. Uncertainty Analysis

The combined standard uncertainty of the mole fraction of each component in a given
phase, u(xi), is derived from the following equation with reference to the description of
uncertainty in measurements (GUM) [57].

u2(xi) =
n

∑
j=1

n

∑
k=1

∂xi
∂zj

∂xi
∂zk

u2(zj, zk) (7)

where measured input variables are zj and zk; the sensitivity coefficient of the input variable,
zk, is (∂xi/∂zk); and the covariance (j 6= k) or the variance (j = k) for variables zj and zk is
u2(zj, zk).

In the present analysis, only the diagonal variance terms are considered. Using
Equations (3) and (7), the overall combined standard uncertainty of the mole fraction
resulting from temperature, pressure, relative response factor and chromatographic peak
area uncertainties is then given by:

u2(xi) =

(
∂xi
∂T

)2
u2(T) +

(
∂xi
∂p

)2
u2(p) +

Nc

∑
j=1

(
∂xi

∂Awj

)2

u2(Awj)+
Nc

∑
j=1

(
∂xi
∂rwj

)2

u2(rwj) (8)

The standard uncertainty in the relative response factor, considering Equation (4), is
given by:

u2(rwj) =

[
Nc

∑
k=1

(
∂rwj

∂Awk

)2

u2(Awk)+
Nc

∑
j=1

(
∂rwj

∂xk

)2

u2(xk)

]
Cal

(9)

where subscript “cal” denotes the calibration measurement. The relative response factor for
binary mixtures was estimated by the uncertainties of both peak areas and mole fractions,
the latter being recorded in the literature, and is influenced by pressure and temperature
uncertainties. The u(rwj) values are shown in Table 5. The total combined standard
uncertainties of mole fraction ranged from 1·10−6 to 3·10−3, depending on the temperature,
pressure, component and phase.
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Table 5. Relative response factor, r; response factor, k; and chromatographic peak areas, A. The subscripts T and P indicate TCD and PDHID detectors, respectively.
Literature data of the binary mixture.

System Phase Relative Response Factors Peak Area Ref

rTPN2 / u(rTPN2 )/ ATH2O/ u(ATH2O)/ APN2 / u(APN2 )/ xN2

(pA ·µV) (pA ·µV) (µV ·min) (µV ·min) (pA ·min) (pA ·min)

H2O + N2 Liquid rTPN2 =
kTH2O

kPN2
4672 45 327 2 1250 10 0.00082 [15]

rTN2P/ u(rTN2P)/ APH2O/ u(APH2O)/ ATN2 / u(ATN2 )/ yH2O

(pA ·µV) (pA ·µV) (pA ·min) (pA ·min) (µV ·min) (µV ·min)

Vapour rTN2P =
kTN2

kPH2O
3443 161 13,420 552 498 1 0.00777 [19]

rTTCO2 u(rTTCO2 ) ATH2O/ u(ATH2O)/ ATCO2 / u(ATCO2 )/ xCO2

(µV ·min) (µV ·min) (µV ·min) (µV ·min)

CO2 + H2O Liquid rTTCO2 =
kTH2O

kTCO2
2.12 0.01 793 4 23.7 0.1 0.01393 [20]

rTCO2P/ u(rTCO2P)/ APH2O/ u(APH2O)/ ATCO2 / u(ATCO2 )/ yH2O

(pA ·µV) (pA ·µV) (pA ·min) (pA ·min) (µV ·min) (µV ·min)

Vapour rTCO2P =
kTCO2
kPH2O

3209 102 28,920 733 358 1 0.02453 [20]
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2.6. Validation

To validate the calibration, vapour–liquid equilibrium data for the (CO2 + H2O)
mixture were measured at several different pressures on the isotherm at T = 373 K (the
data at p = 10 MPa being used for calibration). Table 6 and Figure 3 show the results. The
data were compared with the model reported by Spycher et al. [20,58] and are in good
agreement with an absolute average deviation (∆AAD) of the CO2 mole fraction equal to
1.8·10−4 and 9.8·10−4 for the liquid and vapour phases, respectively. The deviations were
within our uncertainties, which are given in Table 6.

Table 6. Experimental vapour–liquid equilibrium data for the CO2(1) + H2O(2) systems at 373 K and
up to 15 MPa. x represents mole fraction in the liquid phase, y denotes mole fraction in the gas phase
and u denotes standard uncertainty.

Liquid Phase Vapour Phase

T/K u(T) p/MPa u(p) x1 u(x1) T/K u(T) p/MPa u(p) y1 u(y1)

373.28 0.02 4.71 0.01 0.00780 1.58·10−4 373.27 0.02 4.71 0.01 0.97323 1.35·10−3

373.26 0.01 5.45 0.01 0.00899 4.51·10−4 373.27 0.02 4.70 0.01 0.97370 1.49·10−3

373.28 0.01 10.07 0.01 0.01434 1.34·10−4 373.27 0.02 5.46 0.01 0.97644 1.33·10−3

373.22 0.01 10.03 0.01 0.01393 1.09·10−4 373.27 0.02 5.45 0.01 0.97444 1.01·10−3

373.28 0.01 15.09 0.01 0.01784 1.89·10−4 373.27 0.01 10.06 0.01 0.98064 6.29·10−4

373.28 0.01 15.09 0.01 0.01822 1.80·10−4 373.28 0.01 10.04 0.01 0.98141 5.29·10−4

373.27 0.01 15.09 0.01 0.98390 4.33·10−4
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3. Results
3.1. (H2O + N2) System

The vapour–liquid equilibrium data for the (H2O + N2) system were measured at
temperatures of 323 K, 348 K, 373 K and 423 K at pressures up to 20 MPa. The experimental
data and their estimated standard uncertainties are given in Tables 7 and 8. The phase
behaviour is shown in Figure 4. The solubility of nitrogen in the aqueous phase increased
as pressure rose at a constant temperature, whereas the water concentration in the gas
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phase decreased. Under constant pressure, the water mole fraction in the vapour phase
consistently increased with increasing temperature, as predicted. On the contrary, the
solubility of nitrogen in the aqueous phase first decreased as temperature increased until
a minimum of solubility was reached, after which it began to increase again. Figure 5
shows the solubility of nitrogen as a function of temperature at three pressures to better
demonstrate this behaviour. The solubility minimum occurs at approximately T = 343 K
and becomes more pronounced as pressure increases. This minimum of solubility has been
reported for other water + gas systems, such as H2O + CH4 [59] and H2O + CO2 [46]. The
(H2O + N2) system shows type III phase behaviour according to the classification of Scott
and van Konynenburg [60], so there is not a continuous critical locus connecting the critical
points of H2O and N2. At high temperatures, the critical line starts at the critical point
of water (647.10 K and 22.064 MPa [61]) and, with increasing pressure, passes through
a minimum of temperature, after which it increases steadily to temperatures above the
water critical temperature, with gas–gas immiscibility of the second kind [32,62,63]. This
system shows a large two-phase vapour–liquid equilibrium region, where our experimen-
tal measurements were conducted. The available literature data are also illustrated in
Figures 4 and 5, and it can be seen that our data are in agreement with those reported in
the literature.

Table 7. Experimental liquid-phase data for the H2O(1) + N2(2) system at different temperatures, T, and
pressures, p. x and u denote the mole fraction in the liquid phase and standard uncertainty, respectively.

T/K u(T) p/MPa u(p) x1 u(x1) x2 u(x2)

323.21 0.01 1.19 0.01 0.99988 0.00002 0.00012 0.00002
323.22 0.02 2.03 0.01 0.99984 0.00002 0.00016 0.00002
323.20 0.02 2.62 0.01 0.99979 0.00001 0.00021 0.00001
323.19 0.02 2.62 0.01 0.99977 0.00001 0.00023 0.00001
323.22 0.02 5.06 0.01 0.99958 0.00003 0.00042 0.00003
323.21 0.02 5.11 0.01 0.99958 0.00001 0.00042 0.00001
323.20 0.02 7.46 0.01 0.99939 0.00003 0.00061 0.00003
323.20 0.02 7.98 0.01 0.99937 0.00001 0.00063 0.00001
323.21 0.02 9.85 0.01 0.99919 0.00002 0.00081 0.00002
323.20 0.02 9.86 0.01 0.99919 0.00001 0.00081 0.00001
323.21 0.02 9.99 0.01 0.99916 0.00002 0.00084 0.00002
323.19 0.02 11.63 0.01 0.99909 0.00002 0.00091 0.00003
323.20 0.02 12.65 0.01 0.99897 0.00002 0.00103 0.00002
323.20 0.02 15.12 0.01 0.99884 0.00002 0.00116 0.00002
323.21 0.02 15.57 0.01 0.99884 0.00002 0.00116 0.00002
323.20 0.02 17.63 0.01 0.99868 0.00002 0.00132 0.00002
323.20 0.02 20.20 0.01 0.99851 0.00004 0.00149 0.00004
348.30 0.02 0.95 0.01 0.99992 0.00000 0.00008 0.00000
348.33 0.02 1.02 0.01 0.99992 0.00000 0.00008 0.00000
348.30 0.02 1.87 0.01 0.99985 0.00000 0.00015 0.00000
348.30 0.02 5.26 0.01 0.99957 0.00001 0.00043 0.00001
348.30 0.02 7.46 0.01 0.99938 0.00001 0.00062 0.00001
348.30 0.02 10.02 0.01 0.99920 0.00003 0.00080 0.00003
348.28 0.01 12.51 0.01 0.99899 0.00001 0.00101 0.00001
373.22 0.01 1.22 0.01 0.99993 0.00001 0.00007 0.00001
373.17 0.02 1.52 0.01 0.99989 0.00002 0.00011 0.00002
373.17 0.02 2.46 0.01 0.99980 0.00003 0.00020 0.00003
373.22 0.01 5.03 0.01 0.99961 0.00001 0.00039 0.00001
373.27 0.01 5.07 0.01 0.99961 0.00001 0.00039 0.00001
373.18 0.01 5.15 0.01 0.99958 0.00003 0.00042 0.00003
373.19 0.02 7.51 0.01 0.99937 0.00001 0.00063 0.00001
373.27 0.01 7.69 0.01 0.99937 0.00002 0.00063 0.00002
373.18 0.02 10.05 0.01 0.99918 0.00007 0.00082 0.00007
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Table 7. Cont.

T/K u(T) p/MPa u(p) x1 u(x1) x2 u(x2)

373.26 0.01 10.46 0.01 0.99918 0.00001 0.00082 0.00001
373.19 0.01 12.94 0.01 0.99894 0.00002 0.00106 0.00002
373.27 0.02 13.43 0.01 0.99893 0.00003 0.00107 0.00003
373.19 0.02 15.02 0.01 0.99881 0.00005 0.00119 0.00005
373.26 0.01 15.04 0.01 0.99879 0.00002 0.00121 0.00002
373.25 0.01 17.56 0.01 0.99863 0.00018 0.00137 0.00018
373.19 0.02 17.67 0.01 0.99861 0.00002 0.00139 0.00002
373.19 0.02 20.48 0.01 0.99846 0.00005 0.00154 0.00005
423.01 0.02 1.55 0.01 0.99991 0.00001 0.00009 0.00001
423.31 0.02 1.70 0.01 0.99988 0.00000 0.00012 0.00000
423.41 0.01 2.51 0.01 0.99980 0.00001 0.00020 0.00001
422.92 0.02 2.57 0.01 0.99978 0.00001 0.00022 0.00001
423.22 0.02 5.40 0.01 0.99950 0.00002 0.00050 0.00002
423.22 0.02 7.59 0.01 0.99934 0.00002 0.00066 0.00002
423.22 0.02 10.37 0.01 0.99906 0.00003 0.00094 0.00003
423.22 0.02 12.64 0.01 0.99884 0.00003 0.00116 0.00003
423.21 0.02 15.30 0.01 0.99861 0.00002 0.00139 0.00002
423.22 0.02 17.57 0.01 0.99847 0.00002 0.00153 0.00002
423.22 0.02 20.59 0.01 0.99815 0.00004 0.00185 0.00004

Table 8. Experimental vapour-phase data for the H2O(1) + N2(2) system at different temperatures, T,
and pressures p. y and u denote the mole fraction of water in the vapour phase and standard
uncertainty, respectively.

T/K u(T) p/MPa u(p) y1 u(y1) y2 u(y2)

323.22 0.02 1.21 0.01 0.01238 0.00075 0.98762 0.00074
323.20 0.02 2.03 0.01 0.00742 0.00016 0.99258 0.00016
323.21 0.02 5.04 0.01 0.00291 0.00005 0.99709 0.00005
323.21 0.02 6.22 0.01 0.00241 0.00028 0.99759 0.00028
323.21 0.02 7.94 0.01 0.00183 0.00001 0.99817 0.00001
323.22 0.02 15.32 0.01 0.00161 0.00002 0.99839 0.00002
373.22 0.01 1.22 0.01 0.08956 0.00269 0.91044 0.00261
373.23 0.01 1.22 0.01 0.08679 0.00314 0.91321 0.00308
373.23 0.01 1.22 0.01 0.08203 0.00446 0.91797 0.00442
373.26 0.01 2.59 0.01 0.04247 0.00171 0.95753 0.00171
373.27 0.02 5.00 0.01 0.02187 0.00090 0.97813 0.00090
373.31 0.01 7.22 0.02 0.01451 0.00101 0.98549 0.00101
373.27 0.01 7.69 0.01 0.01350 0.00084 0.98650 0.00084
373.26 0.02 10.47 0.01 0.01284 0.00067 0.98716 0.00067
373.26 0.01 13.46 0.02 0.00861 0.00038 0.99139 0.00039
373.27 0.01 13.52 0.01 0.00855 0.00059 0.99145 0.00059
373.26 0.01 15.05 0.01 0.00864 0.00046 0.99136 0.00050
373.25 0.01 17.56 0.01 0.00762 0.00063 0.99238 0.00063
373.27 0.02 20.29 0.06 0.00678 0.00024 0.99322 0.00025
423.01 0.01 1.55 0.01 0.27129 0.01175 0.72871 0.01166
423.01 0.01 1.55 0.01 0.24613 0.01416 0.75387 0.01408
423.39 0.01 2.51 0.01 0.15648 0.00641 0.84352 0.00638
423.23 0.01 5.19 0.01 0.08907 0.00282 0.91093 0.00282
423.23 0.01 7.64 0.01 0.06089 0.00263 0.93911 0.00263
423.25 0.02 9.97 0.01 0.05784 0.00335 0.94216 0.00335
423.26 0.01 12.70 0.01 0.04426 0.00248 0.95574 0.00248
423.26 0.02 15.18 0.01 0.03558 0.00192 0.96442 0.00192
423.26 0.02 17.56 0.01 0.02868 0.00183 0.97132 0.00183
423.26 0.02 20.35 0.01 0.02606 0.00168 0.97394 0.00168
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Figure 4. Vapour–liquid equilibrium for the (H2O(1) + N2(2)) system at temperatures of (a) 323 K,
(b) 373 K and (c) 423 K. Experimental data: �, this work; �, Goodman and Krase [24];
4; Wiebe et al. [15]; P, Saddington and Krase [25];�, Sidorov et al. [26];5, Rigby and Prausnitz [18];
3, Maslennikova et al. [19]; /, Chapoy et al. [39]; ., Mohammadi et al. [17]; and S, Tabasinejad et al. [40].
The continuous lines represent the description of the γ-ϕ model, and dashed lines represent the descrip-
tion of the SAFT-γMie model.
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Figure 5. Solubility data of nitrogen in the aqueous phase as a function of temperature for the
(H2O(1) + N2(2)) system at pressures of •, 5 MPa; �, 10 MPa; N, 20 MPa. The filled symbols denote
data from this work, and empty symbols represent data from the literature: black, Wiebe et al. [15];
blue, Saddington and Krase [25]. The continuous lines represent the description of the γ-ϕ model,
and dashed lines represent the description of the SAFT-γMie model.
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3.2. (CO2 + H2O + N2) System

The vapour–liquid equilibrium for the ternary system was measured along four
isotherms ranging from 323 K to 473 K in increments of 50 K and at pressures up to
20.0 MPa. The mole ratio between carbon dioxide and nitrogen injected as gas into the
system was unity. The experimental data are given in Table 9 and plotted in pressure-
composition diagrams in Figures 6 and 7. The solubility of CO2 and N2 increased with
increasing pressure. The nitrogen solubility increased with increasing temperature, whereas
the CO2 solubility decreased. Overall, the total gas solubility (CO2 and N2 combined)
decreased with temperature. No minimum solubility was observed for the ternary system,
as observed with the (H2O + N2) system. On the other hand, the water concentration in the
vapour phase increased with temperature and decreased with pressure, as expected.
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Table 9. Experimental vapour–liquid equilibrium data for the [CO2(1) + H2O(2) + N2(3)] system at different temperatures, T, and pressures, p. x and y denote the
mole fraction in the liquid and vapour phase, respectively. u is the standard uncertainty.

Liquid Phase Vapour Phase

T/K u(T) p/MPa u(p) x1 u(x1) x2 u(x2) x3 u(x3) T/K u(T) p/MPa u(p) y1 u(x1) y2 u(x2) y3 u(x3)

323.21 0.01 1.44 0.01 0.00170 0.00011 0.99827 0.00011 0.00003 0.00000 323.22 0.02 1.45 0.01 0.37463 0.01410 0.01015 0.00057 0.61522 0.01405
323.21 0.01 2.36 0.02 0.00270 0.00007 0.99721 0.00007 0.00009 0.00000 323.21 0.02 2.34 0.01 0.38050 0.01416 0.00634 0.00039 0.61316 0.01413
323.19 0.01 4.86 0.02 0.00457 0.00012 0.99526 0.00012 0.00017 0.00001 323.19 0.02 4.86 0.01 0.39579 0.01427 0.00376 0.00026 0.60044 0.01424
323.20 0.01 7.29 0.01 0.00624 0.00015 0.99352 0.00016 0.00023 0.00001 323.20 0.02 7.27 0.01 0.40599 0.01437 0.00300 0.00016 0.59101 0.01434
323.19 0.01 9.71 0.02 0.00763 0.00034 0.99208 0.00035 0.00029 0.00002 323.18 0.02 9.71 0.02 0.42363 0.01450 0.00186 0.00011 0.57451 0.01444
323.18 0.01 12.71 0.02 0.00881 0.00060 0.99085 0.00060 0.00034 0.00001 323.17 0.02 12.75 0.01 0.42779 0.01455 0.00177 0.00011 0.57044 0.01444

323.18 0.02 15.50 0.01 0.43245 0.01473 0.00188 0.00012 0.56567 0.01449
323.18 0.01 20.09 0.02 0.01260 0.00030 0.98679 0.00030 0.00061 0.00002 323.19 0.02 20.03 0.01 0.44026 0.01508 0.00185 0.00014 0.55789 0.01451
373.26 0.01 2.51 0.01 0.00174 0.00015 0.99819 0.00015 0.00007 0.00001 373.27 0.01 2.50 0.01 0.38941 0.01429 0.04366 0.00179 0.56693 0.01398
373.27 0.01 5.21 0.01 0.00366 0.00004 0.99615 0.00004 0.00019 0.00001 373.27 0.01 5.14 0.01 0.42016 0.01426 0.02032 0.00072 0.55952 0.01406
373.28 0.02 7.39 0.01 0.00503 0.00018 0.99467 0.00018 0.00030 0.00001 373.28 0.01 7.36 0.01 0.42944 0.01430 0.01692 0.00057 0.55364 0.01413
373.26 0.02 10.04 0.01 0.00645 0.00009 0.99314 0.00009 0.00041 0.00001 373.27 0.02 10.03 0.01 0.43615 0.01437 0.01446 0.00052 0.54939 0.01422
373.28 0.02 12.53 0.01 0.00765 0.00029 0.99181 0.00029 0.00054 0.00002 373.28 0.02 12.48 0.01 0.43873 0.01440 0.01226 0.00046 0.54902 0.01427
373.25 0.01 14.86 0.01 0.00828 0.00023 0.99110 0.00024 0.00063 0.00003 373.27 0.02 14.79 0.02 0.43837 0.01440 0.00960 0.00033 0.55203 0.01429
373.24 0.02 14.92 0.01 0.00821 0.00018 0.99118 0.00019 0.00061 0.00001 373.24 0.01 14.87 0.01 0.43752 0.01440 0.01087 0.00043 0.55161 0.01428
373.28 0.01 17.44 0.01 0.00902 0.00055 0.99024 0.00057 0.00074 0.00004 373.27 0.02 17.47 0.02 0.43964 0.01440 0.00871 0.00031 0.55165 0.01430
373.26 0.01 19.96 0.01 0.00972 0.00260 0.98941 0.00272 0.00087 0.00023 373.27 0.01 19.81 0.02 0.44095 0.01445 0.00905 0.00032 0.55000 0.01435
423.45 0.02 1.51 0.01 0.00062 0.00006 0.99936 0.00006 0.00002 0.00000 423.46 0.02 1.52 0.01 0.34918 0.01254 0.2668 0.00445 0.3841 0.01135
423.45 0.02 2.44 0.01 0.00122 0.00015 0.99873 0.00016 0.00005 0.00001

423.27 0.01 2.67 0.01 0.39535 0.01338 0.1803 0.00339 0.4244 0.01248
423.67 0.02 4.89 0.01 0.00253 0.00023 0.99728 0.00024 0.00019 0.00002
423.27 0.02 4.97 0.01 0.00284 0.00011 0.99694 0.00011 0.00022 0.00002 423.26 0.02 4.94 0.01 0.42967 0.01377 0.1115 0.00200 0.4588 0.01319
423.66 0.02 9.89 0.01 0.00533 0.00007 0.99427 0.00007 0.00040 0.00001 423.66 0.02 9.85 0.01 0.45373 0.01408 0.0680 0.00128 0.4783 0.01371
423.29 0.02 12.55 0.01 0.00644 0.00017 0.99304 0.00018 0.00052 0.00001 423.28 0.03 12.52 0.01 0.45747 0.01413 0.0572 0.00113 0.4853 0.01383
423.28 0.02 15.06 0.01 0.00729 0.00016 0.99210 0.00017 0.00062 0.00001 423.28 0.03 15.02 0.01 0.46251 0.01419 0.0478 0.00093 0.4897 0.01393
423.29 0.02 20.60 0.01 0.00926 0.00030 0.98990 0.00031 0.00084 0.00002 423.27 0.02 19.82 0.02 0.46937 0.01423 0.0419 0.00154 0.4887 0.01399
472.90 0.03 2.81 0.03 0.00080 0.00004 0.99914 0.00004 0.00005 0.00001 472.90 0.02 2.80 0.01 0.2772 0.01276 0.4170 0.01043 0.3058 0.01168

472.90 0.02 2.79 0.01 0.2402 0.01403 0.4953 0.01986 0.2644 0.01377
472.91 0.02 4.87 0.02 0.00210 0.00012 0.99768 0.00012 0.00022 0.00002 472.92 0.03 4.88 0.01 0.3487 0.01401 0.2701 0.01060 0.3812 0.01316
472.91 0.03 9.63 0.03 0.00487 0.00010 0.99465 0.00011 0.00048 0.00002 472.92 0.02 9.58 0.01 0.4065 0.03015 0.1539 0.00818 0.4395 0.03046
472.91 0.02 15.33 0.02 0.00765 0.00016 0.99129 0.00017 0.00106 0.00005 472.93 0.03 15.34 0.01 0.3997 0.02187 0.1307 0.00529 0.4695 0.02167
472.93 0.03 20.12 0.03 0.00955 0.00039 0.98916 0.00040 0.00129 0.00002 472.92 0.02 20.11 0.01 0.3918 0.02897 0.1240 0.01023 0.4842 0.02890
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Figure 6. Vapour–liquid equilibrium for the (CO2(1) + H2O(2) +N2(3)) system at temperatures of (a–c) 323 K and (d–f) 373 K. Empty symbols represent dew points,
and filled-in symbols represent bubble points. The mole ratio of CO2/N2 fed to the system was 1. Continuous red lines represent the description of the γ-ϕ model,
and dashed blue lines represent the description of the SAFT-γMie model.
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Figure 7. Vapour–liquid equilibrium for the (CO2(1) + H2O(2) +N2(3)) system at temperatures of (a–c) 423 K and (d–f) 473 K. Empty symbols represent dew points,
and filled-in symbols represent bubble points. The mole ration of CO2/N2 fed to the system was 1. Continuous red lines represent the description of the γ-ϕ model,
and dashed blue lines represent the description of the SAFT-γMie model.
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4. Thermodynamic Modelling
4.1. γ-ϕ Model

In this work, the phase behaviour of the (H2O + N2) and (CO2 + H2O + N2) systems
was modelled using the approach reported by Hou et al. [46] based on the asymmetrical
γ-ϕ approach. In this model, the vapour phase is described by the Peng–Robinson equation
of state (PR-EoS), whereas the aqueous phase is described by the NRTL activity coefficient
model combined with an extended form of Henry’s law.

In the model of Hou et al. [46], the equality of fugacity for CO2 and N2 is expressed as:

yiφi p = xiγ
∗
i Hij exp

(
V∞

i (p− pref)

RT

)
(10)

where R is the universal gas constant; T is the equilibrium temperature; p is the equilibrium
pressure; xi and yi are mole fractions for the liquid and vapour phase, respectively; ϕi is
the fugacity coefficient in the vapour phase; γ∗i is the activity coefficient normalised to
unity at infinite dilution; Hij is Henry’s constant for component i in aqueous solution; pref is
the reference pressure; and V∞

i is the partial molar volume at infinite dilution in aqueous
solution. The subscript i denotes the solute, either N2 or CO2, and subscript j denotes
the solvent H2O. In this model, V∞

N2
was obtained from Mao and Duan [64], and V∞

CO2
was obtained from the approach of Sedlbauer et al. [65]. Henry’s constant for CO2 in the
aqueous solution was obtained from Hou et al. [46] whereas, for N2 in aqueous solution, it
was obtained from Fernández-Prini et al. [66]. The reference pressure, pref, was set as the
vapour pressure of pure H2O at temperature T.

For H2O, the equality of fugacity is expressed as:

yjφj p = xjγjφ
sat
j psat

j exp

(
Vsat

j (p− pref)

RT

)
(11)

Here, γj is the activity coefficient of H2O; φsat
j , psat

j and Vsat
j are the fugacity coefficient,

vapour pressure and liquid molar volume for pure saturated water, respectively; φsat
j , psat

j
and Vsat

j were obtained from REFPROP 10 [61].
The activity coefficients are represented in this model by the NRTL equation [67]. The

interaction parameters between H2O and N2 in the NRTL model were set to zero so that
γH2O and γ∗N2

were unity in the (N2 + H2O) binary system. For (CO2 + H2O), the NRTL
interaction parameters were taken from Hou et al. [46].

The PR-EoS is given by:

p(T, v) =
RT

v− b
− a(T)

v(v + b) + b(v− b)
(12)

where v is molar volume, a is the attractive energy parameter and b is the co-volume
parameter. The following equations are used to calculate a and b for individual components:

ai = 0.457236
(

R2T2
c,i/pc,i

)
αi(T)

αi(T) =
[
1 + mi

(
1−

√
T/Tc,i

)]2
ωi ≤ 0.491 mi = 0.37464 + 1.54226ωi − 0.26992ω2

i

ωi > 0.491 mi = 0.379642 + 1.48503ωi − 0.164423ω2
i + 0.01666ω3

i

bi = 0.077796(RTc,i/pc,i)


(13)

In Equation (13), Tc,i, pc,i and ωi are the critical temperature, critical pressure and
acentric factors, respectively, of component i. The critical parameters and acentric factor
were obtained from the REFPROP 10 [61], and they are listed in Table 10.
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Table 10. Critical temperature, Tc, critical pressure, pc, and acentric factor,ω, for CO2, H2O and N2

used in the PR-EOS [61].

Component Tc/K pc/MPa ω

CO2 304.13 7.3773 0.22394
H2O 647.10 22.064 0.3443
N2 126.19 3.3958 0.0372

The van der Waals mixing rules are applied to the Peng–Robinson EoS for mixtures:

a =
N
∑

i=1

N
∑

j=1
xixj

[
1− kij(T)

]√
aiaj

b =
N
∑

i=1
xibi

 (14)

where kij(T) = kji(T) is the binary interaction parameter between components i and j, and
xi is the mole fraction of component i. In this model, kij(T) is a linear function of the
temperature. The kij(T) in the PR-EoS for (N2 + H2O) was taken from Abudour et al. [68],
that for (CO2 + H2O) was taken from Hou et al. [46] and that for CO2 + N2 was taken
from Mantovani et al. [69]. The thermodynamic parameters used in the γ-ϕ model are
summarised in [70]. The model was written in Visual Basic for applications within an Excel
spreadsheet platform.

4.2. SAFT-γ Mie Equation of State

Papaioannou et al. [71] described the SAFT-γMie model in-depth, and so we outline
only the energy interaction and the nature and source of the parameters employed here.
The molecules in SAFT-γMie are represented as heteronuclear chains of fused spherical
segments that interact based on the Mie potential [50,71–74], which is described as follows:

ukl(rkl) =

(
λr

klεkl

λr
kl − λa

kl

)(
λr

kl
λa

kl

)λa
kl /(λ

r
kl−λa

kl)
[(

σkl
rkl

)λr
kl
−
(

σkl
rkl

)λa
kl
]

(15)

The potential energy of the interaction between segments k and l, which represent
functional groups in the molecule, is represented by Ukl. εkl is the energy parameter;
λr

kl and λa
kl are the repulsive and attractive exponents, respectively; rkl is the distance

between the two groups; and σkl is the size parameter. The shape factor, Sk, is another
parameter that influences how much the functional group, k, contributes to molecule
properties. To indicate strong association interaction, such as hydrogen bond present
in the molecules, such as H2O, the short-ranged square-well potential is introduced to
define this type of interaction. It is placed in any segment of the compound as required.
The square-well potential [74] between type a, association site, on segment k and type b,
association site on segment l is provided by:

φHB
kl,ab(rkl,ab) =

{
−εHB

kl,ab if rkl,ab ≤ rc
kl,ab

0 if rkl,ab > rc
kl,ab

(16)

where εHB
kl,ab is the association energy; rkl,ab is the distance between sites a and b; and

rc
kl,ab is the cut-off distance between sites a and b that can be expressed in terms of bonding

volume, Kkl,ab. To fully characterise the associated group, the number of distinct site types,
NST,k, and the number of sites of each type, nk,a, are also required and provided prior
to simulation.

The like parameters, which characterise interactions between identical functional
groups, are determined by regression to experimental data, such as vapour pressures
and compress liquid densities from a series of molecules containing that group [71]. The
unlike parameters, which define the interactions between different functional groups,
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can be calculated using combining rules or otherwise estimated by regression against
experimental data. The following set of equations gives the combining rules:

σkl =
1
2 (σkk + σll)

rkl =
1
2 (rkk + rll)

εkl =

√
σ3

kkσ3
ll

σ3
kl

√
εkkε ll

λkl = 3 +
√
(λkk − 3)(λll − 3)

εHB
kl,ab =

√
εHB

kk,aaεHB
ll,bb

Kkl,ab =

(
3
√

Kkk,aa+
3
√

Kll,bb
2

)3



(17)

In SAFT-γMie, CO2, H2O and N2 are represented by a single group. The like param-
eters utilised for CO2 and H2O were found in the literature [50,73], and they are given
in Table 11. However, the like parameters for nitrogen have not been developed in the
literature. Therefore, in this work, we modelled nitrogen as molecular group N2 with two
fused segments, νk* = 2, and the attractive exponent is fixed to the London value, λa

kk = 6.
The rest of the parameters were obtained by regression of pure nitrogen-saturated-liquid
density [75] and vapour pressure data [76]. The data used to estimate group parameters
include temperatures ranging from the triple point to 90 percent of the experimental critical
temperature. The objective function used in the regression is as follow:

fobj =
N

∑
i

[
pvap

exp(Ti)− pvap
cal (Ti)

pvap
exp(Ti)

]2

+
N

∑
i

[
ρsat

exp(Ti)− ρsat
cal(Ti)

ρsat
exp(Ti)

]2

(18)

Table 11. Like group parameters used in SAFT-γ Mie modelling. νk* is the number of segments
constituting group Sk, the shape factor and σkk size of group k; λr

kk is the repulsive exponent; λa
kk is

the attractive exponent; εkk is the Mie potential dispersion energy; NST,k is the number of possible
association site types in the group, nH,k, ne1,k and ne2,k are the number of association sites of type H,
type e1 and e2, respectively; and kB is the Boltzmann constant, kB = 1.380648813·10−23 J K−1.

Group νk* Sk σkk/Å λr
kk λa

kk (εkk/kB)/K NST,k nH ,k ne1,k ne2,k εHB
kk,He1

/K Kkk,He1 / Å
3 Ref.

CO2 2 0.8468 3.0500 26.408 5.055 207.89 2 1 1 [50]
H2O 1 1.0000 3.0063 17.020 6.000 266.68 2 2 2 1985.4 101.69 [73]
N2 2 0.7101 3.1779 10.1087 6.000 73.64 - - - - This work

Here, pvap and ρsat denote saturated-liquid density and vapour pressure. The sub-
scripts cal and exp are the calculated and experimental values, respectively, and N is the
total number of data points. The optimised parameters are given in Table 11. The descrip-
tion of the saturated-liquid density and the vapour pressure of pure nitrogen obtained
with the estimated parameters is shown in Figure 8. One of the features of the SAFT-γ Mie
equation is the accuracy to predict second-derivative properties, such as isobaric expan-
sivity, isothermal compressibility and heat capacity, as was demonstrated in our previous
work [77–79]. Figure 9 shows the SAFT-γ Mie prediction for the isobaric heat capacity
and single-phase density. The average absolute relative deviations (∆AARD) between the
experimental data and the calculated data using SAFT-γ Mie modelling are summarised in
Table 12. Table 12 and Figures 8 and 9 show that the SAFT-γMie accurately represented the
vapour pressures, saturated liquid densities and single densities of pure nitrogen. It should
be noted that the SAFT-γ Mie model failed to predict the heat capacity with the same
accuracy as the other properties, particularly close to the critical point of nitrogen (126.19 K
and 3.396 MPa) [61]. This may be because SAFT-γ Mie is an analytical equation of state
and, as such, cannot faithfully describe criticality. It can be improved on the surface as a
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whole but not substantially in the critical region. Table 12 also compares experimental data
and calculated data using the Helmholtz energy equation of state (HEoS) for pure nitrogen
implemented in REFPROP 10.0 [61]. In general, the HEoS provides a better description
of the data than SAFT-γ Mie, as HEoS contains more parameters that have been fully
optimised using extensive experimental data. However, SAFT-γMie can be considered to
provide a good description of the nitrogen properties.
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Figure 8. (a) Saturated densities and (b) vapour pressure for pure nitrogen. The empty symbols
denote the experimental data [75], and the continuous line denotes the SAFT-γMie approach descrip-
tion with the parameters listed in Table 11. The filled-in black symbols represent the experimental
critical point [61].
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Figure 9. (a) Single-phase densities and (b) isobaric heat capacities for pure nitrogen. In (a), the
symbols represent the experimental data [80] at temperatures of 313.15 K (squares), 333.15 K (circles),
353.15 K (triangles), 373.15 K (inverted triangles) and 393.15 (diamonds). In (b), the symbols represent
the experimental data at 5.07 MPa [81]. The continuous lines are the predictions with the SAFT-γMie
approach in (a,b).
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Table 12. Absolute average relative deviations (∆AARD) between experimental and calculated values
obtained either with the SAFT-γMie approach or the Helmholtz energy equation of state (Helmholtz-
EoS). pvap, ρsat, ρ and cp are vapour pressure, saturated-liquid density, single-phase density and
isobaric-specific heat capacity, respectively. N denotes the number of points.

Property N Range T/K 102·∆AARD 102·∆AARD Ref

SAFT-γ Mie Helmholtz-Eos

pvap 43 64–126 0.39 0.0031 [75]
ρsat 43 64–126 0.50 0.0028 [75]

ρ 165 313–393 0.80 0.81 [80]
cp 33 100–270 17.6 2.12 [81]

The unlike parameters of the SAFT-γMie approach to describe the phase behaviour of
CO2, H2O and N2 mixtures are given in Table 13. Only the unlike dispersion energy (εkl),
the unlike association energy (εHB

kl,He1
) and the unlike association bonding volume (Kkk,He1 )

for the (CO2 + H2O) system were estimated from experimental data in the literature [50].
Therefore, the unlike dispersion energy (εkl) between H2O and N2 required to adequately
predict the water and nitrogen phase behaviour was estimated here by fitting our VLE
data at 373 K, which are given in Table 13. This parameter is then used to predict other
isotherms, as discussed in the next section. Furthermore, it was needed to estimate the
unlike parameter between CO2 and N2 for the VLE prediction of the (CO2 + H2O + N2)
system. In this work, the unlike dispersion energy (εkl) and the repulsive exponent (λr

kl)
between CO2 and N2 groups were determined by fitting the experimental vapour–liquid
equilibrium data at 258.15 and 273.15 K, respectively [54].

Table 13. Unlike group dispersion interaction energies (εkl), repulsive exponent (λr
kk ), association

energy (εHB
kl,He1

) and association bonding volume (Kkk,He1
) used the SAFT-γMie Modelling, where kB

is Boltzmann’s constant. CR indicates values obtained using the combining rule, Equation (17) 1.

Group, k Group l (εkl/kB)/K λr
kk

Site a of
Group k

Site b of
Group l εHB

kl,He1
/ Kkk,He1 Ref

CO2 H2O 226.38 CR H e 1398.1 91.419 [50]
H2O2 N2 126.59 CR This work
CO2 N2 151.90 20.27 This work

1 The remaining unlike cross-interaction parameters between groups were estimated using combining rules,
Equation (17).

The objective function used in the optimisation of unlike parameter is given by:

fobj =
N

∑
i

[
pexp(Ti, xi)− pcal(Ti, xi)

pexp(Ti, xi)

]2

+
N

∑
i

[
pexp(Ti, yi)− pcal(Ti, yi)

pexp(Ti, yi)

]2

(19)

where N is the total number of data points; pexp(Ti,xi) and pcal(Ti,xi) represent the experi-
mental and calculated bubble pressures, respectively; and pexp(Ti,yi) and pcal(Ti,yi) are the
experimental and calculated dew pressures, respectively. We used an objective function
based on the bubble and dew pressures because this provided more stable convergence
than using an objective function based on mole fractions. The rest of the cross-interaction
parameters between unlike groups were calculated using combining rules, Equation (17).

The predictions of SAFT-γMie with the parameters listed in Table 13 were compared
with the experimental VLE data of the (CO2 + N2) system for other isotherms. This was done
to assess the validity of the optimised unlike parameters between the CO2 and N2 groups.
Figure 10 shows a comparison between the SAFT-γ Mie description and experimental data.
Table 14 give the absolute average deviations for the bubble and dew compositions. SAFT-γ
Mie gives a good description of the bubble and dew pressure in an extensive temperature
range. However, the critical points at 258 and 273 K were overpredicted. The SAFT-γ
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model also captures the crossover effect of nitrogen solubility in the liquid phase at about
12 MPa. Above that pressure, the solubility increases with increased temperature, whereas
the opposite occurs at lower pressure.
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Figure 10. Vapour–liquid equilibrium for the (CO2(1) + N2(2)) system at temperatures of (black) 218 K,
(red) 233 K, (blue) 243 K, (green) 258 K, (purple) 273 K and (orange) 288 K. The empty and filled-in
symbols represent the bubble and dew point pressures, respectively, published by Fadiño et al. [54].
The continuous lines represent the description of the SAFT-γMie model.

Table 14. Absolute average deviation for the bubble (∆AADx) and dew compositions (∆AADy) be-
tween the SAFT-γMie model, the γ-ϕ model description and experimental data. N represents the
number data points. For the CO2 + H2O + N2 ternary system, ∆AADx and ∆AADy represent the CO2

molar fraction.

System N Range T/K ∆AADx ∆AADy

SAFT-γ Mie γ-ϕ Model SAFT-γ Mie γ-ϕ Model

CO2 + N2 68 218–288 0.017 - 0.023 -
H2O + N2 50 323–423 0.00014 0.00005 0.008 0.014

CO2 + H2O + N2 30 323–473 0.0004 0.0006 0.011 0.013

Furthermore, the SAFT-γMie method with the parameters set given in Tables 12 and 13
was tested for its ability to predict the vapour–liquid equilibrium of the (CO2 + H2O +
N2) ternary system in the next section, as all the required group interaction parameters
were obtained for the pure components and binary systems. All SAFT-γMie calculations
were performed in gPROMS© software developed by PSE Ltd. [82] The numerical solvers
supplied by gPROMS were used to minimise the objective function in the estimation of
both like and unlike parameters. The starting values of the parameters and their limits
were defined in the program, and the Sobol sequence [83] was used to produce a good
sampling of the provided parameter space. Usually, the number of Sobol points was about
5000. The Lenvenberg–Marquardt algorithm [84,85] was used to minimise the objective
function. Furthermore, a sensitive analysis of the optimised parameters is presented in the
Supporting Information.
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5. Discussion

Figures 4 and 5 show the phase behaviour description from γ-ϕ and SAFT-γ Mie
models and the experimental data for the (H2O + N2) system. The absolute average
deviations, ∆AADx and ∆AADy, for the bubble and dew compositions, respectively, are
given in Table 14. As can be seen in Figure 4, the dew-point compositions of nitrogen
were under-estimated by the γ-ϕ approach, with ∆AADy = 0.014, whereas the SAFT-γMie
model accurately describes these data, with ∆AADy = 0.008. The solubility of nitrogen
in the aqueous phase, including the solubility minimum, was excellently described by
the γ-ϕ approach (see Figures 4 and 5). However, the SAFT-γ Mie model and the γ-ϕ
approach were unable to predict the nitrogen solubilities, even after fitting the dispersion
interaction energy parameters. Additionally, the minimum solubility of nitrogen in the
aqueous phase was not captured by the SAFT-γ Mie equation. For a similar mixture
(H2O + CH4), SAFT-γ Mie also did not capture the solubility minimum [50]. The unlike
repulsive group exponent was fitted to experimental data in the SAFT-γ Mie model to
examine whether the solubility predictions could be improved. Unfortunately, the im-
provements in the solubility were minimal, but the addition of the value of another fitted
parameter reduces the model’s predictive capability. Therefore, it was decided to report the
model with only one determined parameter. One of the probable explanations for the γ-ϕ
model’s superior performance in describing the nitrogen solubility in water could be that
the Henry constant is a polynomial function of temperature. This provides great flexibility
to the model for representing solubility data, including the minimum value.

The vapour–liquid equilibrium data and the description from γ-ϕ and SAFT-γMie for
the (CO2 + H2O + N2) system are shown in Figures 6 and 7. Table 14 shows the absolute
average deviation between the experimental data and the prediction for both models. In
general, we found good agreement between experimental data and predictions from both
models. Table 14 shows that the absolute average deviation was similar for the two models.
The improvement in the solubility predictions of SAFT-γMie for the ternary system with
respect to the (H2O + N2) binary system might be related to the SAFT-γ Mie providing
a better description of the (CO2 + H2O) binary system [50]. In the γ-ϕ model for the
(CO2 + H2O + N2) system, it should be noted that activity coefficients of CO2 were confined
to a narrow range between 0.90 to 1.20 because CO2 solubility was very low in the aqueous
phase. This contrasts with the CO2 activity coefficients in the binary CO2 + H2O system,
which deviated much more from unity [46] because the CO2 solubility in the binary system
is about twice that in the ternary at the same temperature and pressure. Therefore, the
liquid phase in the ternary system with a mole ratio of 1 between CO2 and N2 behaves
closer to an ideal solution compared to the (CO2 + H2O) binary system.

Figure 11 compares the calculated vapour–liquid equilibria for the (CO2 + H2O + N2)
ternary system and the two binary subsystems: (H2O + N2) and (CO2 + H2O) at two
temperatures. It can be seen in Figure 11 that the gas solubility in the aqueous phase for the
ternary mixture was in between the solubilities of the respective binary subsystems for both
temperatures. On the contrary, the vapour-phase behaviour of the ternary system is closer
to that of the (H2O + N2) mixture than the CO2 + H2O system. At 323 K, the minimum
water concentration in the vapour phase found in the CO2 + H2O system vanished in
the ternary system. This is might be another indication of the ideal behaviour of the
ternary mixture.
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Figure 11. Calculated vapor–liquid equilibrium (VLE) for (N2 + H2O) (green continue line),
(CO2 + N2 + H2O) (blue dash line) and (CO2 + H2O) (red continue line) at 323 K (a) and 423 K (b).
VLE for the CO2 + H2O system calculated with the model proposed by Spycher et al. [20,21]. The
VLE for the (CO2 + N2 + H2O) system and the dew points of (N2 + H2O) was calculated by the
SAFT-γMie model with parameters from Tables 11 and 13. The bubble points for (N2 + H2O) were
calculated with the γ-ϕ model [46].

6. Conclusions

New vapour–liquid equilibrium data were reported for a binary (N2 + H2O) system
and a (CO2 + N2 + H2O) ternary system at pressures of 1 to 20 MPa and temperatures of
323.15 to 473.15 K. The mole ratio between the CO2 and N2 fed in the ternary system was
fixed to a value of unity. The experimental data were compared with calculations based on
SAFT-γMie and γ-ϕ models. The SAFT-γMie model described the water concentration in
the vapour phase for the binary system better than the γ-ϕ model, whereas the γ-ϕ model
was superior in calculating nitrogen solubility in the water phase, including the minimum
of solubility. The optimisation of other unlike parameters, such as lambda repulsive, did
not significantly improve the solubility prediction of the SAFT-γ Mie model. Both SAFT-γ
Mie and γ-ϕ approaches provided a good description of the vapour composition of the
(CO2 + N2 + H2O) ternary system under the conditions studied in this paper. Therefore,
either of the models could be used to predict the ternary system on other isotherms.
However, we recommend that the phase behaviour for the (N2 + H2O) binary system be
calculated by the γ-ϕ models.
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